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Lignocellulosic biomass is a promising feedstock for producing liquid fuels via synthetic 
gas (syngas) and Fischer Tropsch Synthesis (FTS). Syngas produced from biomass has low H2/CO 
ratio (~0.7/1) and high concentration of CO2. In order to produce liquid hydrocarbons from this 
syngas, a catalyst must be used to increase the H2/CO ratio to 2 or higher. This catalyst must also 
have reasonable reverse water-gas-shift (R-WGS) activity in a CO2 rich environment. In this study, 
two 100Fe/4Cu/4K/6Zn were prepared using coprecipitation (Cat_C) and impregnation (Cat_I) 
methods. The effects of these preparation methods on the catalyst structure and FTS performance 
in biomass syngas were investigated. The catalysts were characterized by Scanning Electron 
Microscopy and Energy Dispersive X-Ray spectroscopy (SEM/EDX), H2 temperature 
programmed reduction (H2-TPR), CO temperature programmed reduction (CO-TPR), CO 
temperature programmed desorption  (CO-TPD), temperature programmed hydrogenation (TPH), 
and CO2 temperature programmed desorption (CO2-TPD). Syngas used in this work was derived 
from gasifying Southern Pine woodchips at the USDA Forest Service in Pineville, LA and sent to 
LSU where the FTS studies were carried out. The final composition of the syngas after the cleaning 
and compressing process is 3.1% CH4, 11% CO2, 17 % H2, 22% CO, and balance N2. Even though 
coprecipitation and impregnation methods have been compared in previous studies for FTS of pure 
syngas, there are no comparisons between these two synthesis methods for FTS of biomass-derived 
syngas. The results show that the coprecipitated catalyst has higher extent of reduction, 
carburization, and Hagg carbide (Fe2C5) formation impregnated catalyst. As a result, the 
coprecipitated catalyst has higher CO+CO2 conversion and C5+ selectivity than the impregnated 




Chapter 1 : Introduction 
1.1. Research Objective 
Primary objective is to study the effects of different preparation methods on the structure 
and catalytic behavior of iron-based catalysts via FTS of biomass-derived syngas. 
1.2. Engineering Relevance of Project 
According to U.S Information Energy Agency (IEA), the liquid fuels demand is expected 
to increase from 88.01 mbpd in 2011 to 111.93 mbpd in 2040 while the total petroleum-based fuels 
supply is projected to be 111.85 mbpd in 2040. As a result of supply shortage, the oil price would 
increase from  $111.26 per barrel in 2011 to $268.5 per barrel in 2040 [4]. The rapidly growing 
energy demand also causes an increase in CO2 emissions that may be linked to global warming. 
Therefore, it is necessary to develop alternative methods for synthesizing clean, reliable liquid 
fuels to supplement petroleum-based fuels. Recent studies have showed that thermochemical 
conversion of biomass to liquid fuels (BTL) via synthetic gas and FTS is a promising alternative 
process for producing liquid fuels. The raw material for BTL process includes lignocellulosic 
feedstock such as wood, agricultural residues and byproducts, thus have a low raw materials cost 
and reducing competition with the food industry [5]. Liquid fuels derived from BTL process are 
also relatively clean, high quality and have less CO2 emissions than conventional liquid fuels [6]. 
1.3. Rationale for Selecting Fe/Cu/K/Zn Catalyst 
Thermochemical conversion by gasification produces a biomass-derived syngas that is 
characterized by a low H2/CO ratio of ~0.7/1 and concentration of CO2 between 10-20% [7].  The 
WGS reaction (CO + H2O CO2 + H2) converts this syngas into one with the required ~2/1 H2/CO 




[8, 9]. Hence, the main challenge for converting biomass-derived syngas to liquid fuels is to 
develop a catalyst that can promote WGS reaction and is resistant to CO2 oxidation.  
Among the four most active metals for FTS (Fe, Co, Ru, Ni), iron-based catalyst is the only 
catalyst that shows significant WGS activity and is widely used for FTS of H2 deficient syngas [6, 
8, 10]. Iron-based FTS catalyst typically contains promoters such as copper and potassium.  Copper 
(Cu) is used to increase the dispersion of Fe2O3 and to promote the reduction of iron oxide. Wan 
et.al, used H2 Temperature Program Reduction to show that Cu promoted iron-based catalyst is 
reduced at a lower temperature range (150-250oC) compared to Cu-free iron-based catalyst (350-
700oC) [11]. Potassium (K) increases FTS activity of iron-based catalyst by increasing CO 
adsorption and also promotes WGS reaction. However, the effects of K on iron-based catalyst will 
be diminished if the mass ratio of K/Fe exceeds the optimum value of 0.04 [12-15]. The same 
effect was observed for Cu promoted iron-based catalyst. Optimum mass ratio of Cu/Fe should be 
around 0.04 to obtain a reasonable FTS activity [16]. 
Although FTS is a well-established process, there are very few studies have been conducted 
for FTS of syngas containing high concentration of CO2 comparable to those of biomass-derived 
syngas.  Most of these studies used iron-based catalysts with Zinc (Zn) as structural promoter [9, 
17-19]. Zinc prevents iron clusters from sintering and stabilizes the surface area of iron oxide [20]. 
Compared to Al or Si promoted catalyst, Zn promoted catalyst has higher CO adsorption and 
higher FTS activity for syngas containing CO2 [21]. According to Iglesia et al. [22], even though 
the catalyst surface area increases as the amount of loaded Zn increases, Fischer Tropsch (F-T) 
carbon conversion decreases. Therefore, it is necessary to choose the optimum amount of Zn to 
enhance FTS activity. The optimum mass ratio of Zn/Fe found in Iglesia’s study is 0.1 for CO2-




had higher carbon conversion and lower CH4 selectivity than catalyst promoted with different 
amount of Zn and Cu. The optimum mass ratio of Zn/Fe found in Ning’s study is 0.04 for CO2-
containing syngas. Combining the results obtained from Iglesia and Ning’s works, 0.07 is chosen 
to be the mass ratio of Zn/Fe (corresponding to molar ratio of 0.06) for this study. 
1.4. Rationale for Choosing Two Different Preparation Methods  
Even though coprecipitation and impregnation are common methods for synthesizing F-T 
iron-based catalysts, few studies have been conducted to compare the effects of these two 
preparation methods on FTS activity; especially for biomass-derived syngas. Sarkari, et al. [24], 
compared the effects of impregnation and coprecipitation methods on the FTS activity and 
selectivity of Fe-Ni/Al2O3. His study showed that the impregnated catalyst has lower CO 
conversion but higher selectivity toward C5+ and is more stable than the coprecipitated catalyst. 
The same conclusion was obtained when Sarkari repeated the work using Fe-Mn/Al2O3 as catalyst 
[25]. Arsalanfar et al. [26] conducted a comparison between coprecipitation and impregnation 
methods on Fe/Co/Mn/MgO and also showed that  the impregnated catalyst has higher C5+ 
selectivity than the coprecipitated catalyst. Both Sarkari and Arsalanfar investigated the effects of 
preparation methods on iron-based catalysts using CO2-free syngas, and the impregnated catalyst 
was prepared by impregnating Fe and promoter salt solutions onto the support (Al2O3/MgO). In 
this study, impregnated catalyst was prepared differently from those reported in Sarkari and 
Arsalanfar’s works. Zn, Cu, K were impregnated onto Fe precursor because Fe is the most 
abundant element in the bulk catalyst. Since biomass-derived syngas has high concentration of 
CO2 which can affect the stability and activity of the catalyst, it is logical to investigate if the 




coprecipitation method. Moreover, we are aware of no study of the effects of these preparation 
methods on FTS of biomass-derived syngas using Zn promoted iron-based catalyst. 
1.5. Project overview 
An overview of this project is showed in Figure 1.1. In this study, synthetic gas is provided 
by the United State Department of Agriculture. The syngas was derived from air-blown, 
atmospheric pressure gasification of Southern pine woodchips.  The final syngas has the following 
composition: 3.1% methane, 11% CO2, 17 % H2, 22% CO, and balance N2. The FTS studies were 
conducted at LSU. The cleaned syngas was passed through a series of adsorber beds before it was 
flowed through a fixed- bed reactor. 
Figure 1.1: Project overview 
1.6. Thesis Outline 
Chapter 1 describes the primary objective and engineering relevance of this project. The 
rationales for choosing iron-based catalyst as well as the two different preparation methods are 




Chapter 2 presents a literature review on FTS and biomass gasification process. This 
includes history, main chemical reactions, possible reaction path ways, products selectivity and 
distribution model of FTS. The effects of catalyst types, promoters as well as reaction conditions 
on FTS activity are also presented in this chapter. In addition, chapter 2 provides a brief summary 
of the thermochemical conversion of biomass to synthetic syngas (CO, H2) process. 
Chapter 3 restates the main objective and the justifications of this project. 
Chapter 4-5 focuses on the experimental details and results of this study. Chapter 4 
describes experimental procedures for catalysts synthesis, characterization methods and testing 
conditions. This chapter also includes all the equipment used to carry out these experiments. 
Chapter 5 focuses on explaining the effects of preparation methods on FTS activity via catalyst 
characterization results and product selectivity.  
The conclusion drawn from this study and recommendation for future work are presented 





Chapter 2 : Literature Review on Fischer Tropsch Synthesis 
 
2.1. Overview 
Fischer Tropsch Synthesis is a heterogeneous catalytic process that converts synthetic gas 
(H2, CO) derived from coal, natural gas, or biomass to liquid fuels. The process was discovered by 
Franz Fischer and Hans Tropsch in 1923 at the Kaiser-Wilhelm-Institute for Coal Research in 
Mülheim, Germany [6]. Compared to liquid fuels derived from crude oil, F-T fuels have lower CO2 
and NOx emissions, low sulfur content, and reasonable octane, cetane numbers [27].  
The first commercial F-T plant was built in Germany in 1936 which produced 70 000 tons 
of fuel per year. Many F-T plants have been built since then, and by 1938, nine plants with the total 
production capacity of 660 000 tons per year were in operation. In 1955, the first large scale F-T 
plant was built in South Africa by SASOL, a South Africa Coal, Oil and Gas Cooperation. In 1980 
and 1982, SASOL continued to build the second and third large scale plants in South Africa. 
Besides SASOL, many other companies also looked into the production of fuels using F-T process; 
for example, Shell and its distillate plant in Malaysia or Orxy and its gas to liquid (GTL) plant in 
Qatar[28]. A summary of currently operating F-T plants as well as future plants are listed in Table 
2.1. 
Table 2.1 Summary of currently operating and future F-T plants [7] 
Company(ies) Year Production capacity (bpd) Location 
SASOL I 1955 500 South Africa 
SASOL II 1980 20000 South Africa 
SASOL III 1982 20000 South Africa 






(Table 2.1 continued) 
Company(ies) Year Production capacity (bpd) Location 
Shell 1993 15000 Malaysia 
Sasol and Qatar Petroleum 2005 34000 Qatar 
Chevron and Nigeria 
National Petroleum 
Company 
2007 34000 Nigeria 
Shell and Qatar Petroleum 2009 140000 Qatar 
Exxon Mobile and Qatar 
Petroleum 
2011 154000 Qatar 
 
2.2. Reactions  
The FTS conversion of syngas (CO, H2) to aliphatic hydrocarbons is catalyzed by cobalt, 
iron, nickel, or ruthenium. The chemical reactions for FTS can be divided into three categories: 1) 
main reactions, 2) side reactions and 3) catalyst modification reactions [3]. 
1. Main Reactions: 
Paraffins 
nCO + (2n + 1)H2 → CnH2n+2 + nH2O      rxn.1 
Olefins 
nCO + 2nH2 → CnH2n + nH2O     rxn.2 
Both reactions 1 and 2 are strongly exothermic with the heat of reaction ranging from -ΔH=165-
204kJ/mol. 
Water Gas Shift (WGS) reaction 
CO + H2O ↔ CO2 + H2                                   − ∆H = 41.3 kJ/mol  rxn.3 
2. Side Reactions: 
Alcohols 




Boudouard (CO disproportionation) 
2CO → C + CO2       rxn.5 
3. Catalyst modification reactions: 
Catalyst oxidation/ reduction 
𝑀𝑥𝑂𝑦 + y𝐻2 ↔ xM + yH2O      rxn.6 
𝑀𝑥𝑂𝑦 + yCO ↔ xM + yC𝑂2      rxn.7 
Carbide formation 
yC + xM ↔ MxCy       rxn.8 
where n is the carbon number, x and y are the oxidation states of the metal oxides.  
 FTS is usually operated at a temperature of 150oC to 350oC and in a pressure range of 1 to 
40 bar [28]. The primary products of FTS are linear paraffins (rxn.1) and α-olefins (rxn.2). The 
ratio of olefins to paraffins formation depends on hydrogen to carbon monoxide (H2/CO) ratio, type 
of catalyst and reaction conditions. High H2/CO (>2) ratio will favor the formation of paraffins over 
the formation of olefins. The selectivity of paraffins will also increase if the reaction is operated at 
high pressure using catalysts with strong hydrogenate abilities [29]. Besides hydrocarbons, water 
is also a primary but undesirable product of FTS. The presence of water in the product stream causes 
the catalyst to deactivate which will lead to a decrease in CO conversion and hydrocarbon 
selectivity [30, 31]. Thus, the amount of water formed has to be reduced to enhance FTS activity. 
This can be done via the WGS reaction (rxn.3). 
 The WGS reaction consumes H2O produced from FTS and CO in the feed stream to produce 
H2 and CO2. Previous studies show that iron-based catalysts promote WGS reaction while Co and 
Ru catalysts are relatively inactive [32, 33]. Therefore, only iron-based catalyst can be used for the 




hydrocarbons and water, alcohols and oxygenates are also products of FTS (rxn.4). The formation 
of alcohols and oxygenates depends on type of catalyst. Iron-based catalyst promoted with 
potassium usually has higher oxygenate selectivity compared to Co and Ru catalysts[12]. 
 Catalyst activation for FTS can be done using H2 (rxn 6), CO (rxns 7, 8) or syngas. Catalysts 
that are reduced in H2 are more stable than those reduced in CO or syngas [34]. Cobalt catalyst is 
usually activated in H2 because the active phase for FTS is metallic cobalt [10]. Iron catalyst, on the 
other hand, can be activated in H2, CO or syngas since its active phase for FTS is iron carbide. 
Catalysts activated with H2 contain mainly metallic iron while those activated with CO or syngas 
contain mixture of iron oxide and iron carbides (ε-Fe2C, έ-Fe2.2C, χ-Fe2.5C, θ-Fe3C). Amorphous 
carbon or graphite are also formed during FTS via Boudouard reaction (rxn.5). These carbon phases 
cause the loss in catalyst surface area which will lead to catalyst deactivation [35]. 
2.3. Mechanism 
Unlike many other polymerization reactions, the F-T reaction first generates monomers 
from syngas feed and then produces hydrocarbons in the following sequence: reactants adsorption 
or chain initiation, chain propagation, chain growth termination or desorption of products – re-
adsorption of reactive products for further reaction. The detail of the reaction mechanism, however, 
has been a controversial topic since the first FTS mechanism (the surface carbide mechanism) 
proposed by Fischer and Tropsch. Because of this uncertainty, many catalysis scientists have 
studied and reported different reaction path ways for FTS such as the oxygenate mechanism by 
Emmett[36, 37] , the CO insertion mechanism by Pitchler and Schulz [38], and the alkenyl 
mechanism by Maitlis [39]. This thesis will only discuss the two most widely accepted mechanisms 




 Surface carbide mechanism 
In the presence of H2, CO adsorbs dissociatively on catalyst surface and produces H2O [40]. 
These products quickly desorbs from the metal surface and surface carbides are formed. The 
chemisorbed carbon is then hydrogenated to form methylene groups (CH2) which will react further 
with H2 and CO in the feed stream to produce aliphatic hydrocarbons. An overview of surface 
carbide mechanism can be seen in Figure 2.1. For surface carbide mechanism, the hydrogenation 
of metal carbides is the rate determining step because it occurs at slower rate than the adsorption of 
CO [1]. Even though the surface carbide mechanism fully explains the formation of hydrocarbons, 
it does not explain the formation of oxygenate products. Therefore, it is necessary to study other 
mechanisms that explain the oxygenate formation. 





Oxygenate mechanism was widely accepted in 1950s. Unlike carbide mechanism where CO 
adsorbs dissociatively, oxygenate mechanism suggests that CO adsorbs associately and reacts with 
the adsorbed H2 to form HCOH units. These units can grow further by the combination of water 
elimination and polymerization condensation using adjacent groups [39]. An overview of this 



















2.4. Product Selectivity and Distribution 
Product selectivity 





∗ 100                  Eqn.1 
%′C′selectivity of product =
nproduct∗no.of C atoms presents
nCO consumed
∗ 100                         Eqn. 2 
where nCoin and nCOout are number of mole of CO in the feed stream and in the product stream, 
respectively. nCOconsume is the total moles of CO reacts and nproduct is the amount of product formed 
[41]. 
Product distribution 
The products of FTS are a mixture of various compounds with different carbon numbers 
ranging from C1 to C25+.  Since FTS is a polymerization reaction, its product distribution of 
hydrocarbons can be described by Anderson-Schulz-Flory (ASF) model which is showed in 
equation 3 [42] 
𝑊𝑛
𝑛
= (1 − 𝛼)2𝛼𝑛−1        Eqn. 3 
where n is the number of carbon atoms in the product, Wn is the weight fraction of product 
containing n carbon atoms, and α is the chain growth probability. The value of α is independent of 




      Eqn. 4 
where Rp and Rt are the rate of chain propagation and the rate of chain termination, respectively.  


















Figure 2.3.  ASF distribution model for FTS [3] 
2.5. Fischer Tropsch Catalysts 
Active metals in FTS 
Group VIII transition metals are the active metals for FTS. However, only nickel (Ni), 
ruthenium (Ru), cobalt (Co), and iron (Fe) show sufficient CO hydrogenation activity for 
commercial application. An overview of these FT catalysts is showed in Table 2.2.  
Table 2.2 Characteristics of Ni, Ru, Fe and Co as FT catalysts [10, 43] 
Metal Price FT activity WGS activity α value 
Ni ++++ + +/- N/A 
Ru +++++ +++++ +/- 0.85-0.95 
Fe + + +++ 0.5-0.7 
Co +++ +++ +/- 0.7-0.8 
   + active, - inactive 
 At FTS reaction conditions, Ni catalyst shows high methane selectivity and tends to form 
Ni carbonyl, a highly toxic compound, which leads to catalyst deactivation. Ru is the most active 




for large scale FTS. As a result, only Fe and Co catalysts have been used as catalysts for industrial 
FT plants [10]. 
 Cobalt catalyst 
Cobalt catalyst is far more active than iron-based catalyst but its price is also 250 times more 
expensive; therefore, cobalt catalyst is usually used as supported catalyst. Common supports used 
for F-T cobalt-based catalyst are metal oxides such as Si, Ti, and Al [44-46]. Co-based catalyst 
possesses a high hydrogenation activity, thus gives higher yield of heavy hydrocarbons, especially 
paraffin, and less oxygenate products than iron-based catalyst. Co-based catalyst also has longer 
lifetime than iron-based catalyst since Co-based catalyst is more resistant toward oxidation and 
cannot be deactivated by carbide formation [10]. Moreover, Co-based catalyst does not promote 
WGS activity which in turn produces less CO2, thus reduces greenhouse gas emission [32]. 
  Iron-based catalyst 
When Fischer and Tropsch discovered the FTS process in 1923, an iron catalyst was used 
to facilitate the conversion of CO and H2 to liquid hydrocarbons [47, 48]. Until now, iron remains 
as one of the most widely used catalyst for industrial FT process due to its relative low cost and 
flexibility toward different operating conditions. Compared to Co catalyst, iron-based catalyst is 
less sensitive toward impurity (such as sulfur) in the feed stream and produces more α-olefins and 
oxygenates. Iron catalyst also promotes WGS reaction which makes it a better catalyst for 
conversion of syngas with deficient H2. However, since the active phase of iron catalyst in FTS is 
Hagg carbides (Fe5C2) which has the tendency to transform to a more stable carbide phase (Fe3C) 
or to form amorphous carbon at high temperature. These transformations lead to catalyst 





Promoters are substances that are added to catalyst to enhance its performance in chemical 
reaction. Promoters do not participate in catalytic reaction but alter the activity, selectivity and 
stability of the catalyst [10]. In FTS, promoters are usually divided into 2 groups: structural 
promoters and chemical promoters. Since this study focuses on the conversion of biomass-derived 
syngas, only common promoters for iron-based catalyst will be discussed in details. 
  Structural promoters 
The addition of structural promoters has the following effects on iron catalyst: i) increase 
number of active sites, ii) prevent metal crystallites from sintering and thus enhance catalyst 
stability, iii) increase attrition resistance [10]. Common structural promoters for iron-based F-T 
catalysts are Si, Al, Zn, Mn, zeolite, and carbon nanotubes. Si is currently used as structural 
promoter for iron catalyst in F-T industry. Si has significant influences on catalyst’s surface area, 
pore volume and pore size distribution. Si reduces surface basicity which leads to low FTS 
activity[49]. As a result, many studies have been carried out to find better structural promoters for 
iron-based catalyst. These new structural promoters include Al and Zn.  Al increases catalyst 
stability and activity. Al added catalyst is easily carburized, thus harder to be oxidized in CO2 and 
have higher hydrocarbon yields and olefin selectivity than Si added catalyst [8]. Zn is also found to 
be a good structural promoter for iron-based F-T catalyst. Appropriate Fe/Zn ratio will enhance 
FTS activity, C5+ selectivity and reduce CH4 selectivity [29]. 
 Chemical promoters 
Chemical promoters are known to affect the electronic environment on the surface of 
catalyst. They enhance the activity and selectivity of iron catalyst by increasing CO adsorption and 




function of copper (Cu) in FT catalyst is to decrease the reduction temperature of iron oxide. As 
CuO is reduced, Cu crystallites nucleate and provides active sites for reactive hydrogen species 
which in turn aid the reduction of iron oxide. Both Cu and CO receive electron from surface iron, 
hence the presence of Cu in iron catalyst suppresses CO adsorption [11]. Potassium (K), on the 
other hand, has the opposite effect on iron catalyst. Potassium is an electron donor; therefore, it can 
enhance the chemisorption of electron acceptor species such as CO, CO2 but suppresses the 
chemisorption of electron donor species such as H2 and olefins. Consequently, the addition of K in 
iron catalyst increases the average molecular weight of products, the olefin selectivity, and the 
oxygenate selectivity [50]. Dry and coworkers also showed that the addition of potassium increases 
carbon deposition which cause the catalyst to deactivate [51]. Copper and potassium have 
complementary roles in FTS, thus, they should be used together at a reasonable ratio to improve 
iron-based catalyst’s performance. Examples of the effects of Cu and K on iron-based catalyst can 
be seen in Figure 2.4 and Figure 2.5. These figures are from a study conducted by Wan.H and 
coworkers [11]. Figure 2.4 shows the H2 TPD profiles for Fe, Fe/Cu, Fe/K and Fe/Cu/K. It can be 
seen from this figure that Fe/Cu catalyst has higher H2 desorption temperature peak and higher 
amount of H2 adsorbed than Fe catalyst. Fe/K catalyst, however, strongly suppresses the adsorption 
of H2. An opposite trend is found for CO TPD profile (Figure 2.5). Fe/K catalyst has higher amount 
of CO adsorbed compared to Fe or Fe/Cu catalysts. This can be explained that K donates electron 
to iron, thus will enhance the chemisorption of CO since CO is an electron acceptor. It can be 



































Catalyst preparation methods: impregnation vs. coprecipitation 
Incipient wetness impregnation (IWI) is common method for preparing Co supported 
catalyst while coprecipitation is usually used to prepare iron-based catalyst. For IWI method, the 
solution contains the components to be deposited on the surface is added to a catalyst support. The 
volume of the added solution corresponding to the pore volume of the solid. For coprecipitation 
method, aqueous solution of precursors with desire molar ratio is precipitated at constant pH using 
precipitating agent such as NH4
+. Coprecipitation method usually provides a more disperse as well 
as better interaction between active components than IWI method [52]. 
Catalyst deactivation 
Ferdous and Demirel suggest four deactivation mechanisms for iron-based catalyst [34]. 
These mechanisms are described below: 
1) Transformation of active iron phase to less active or inactive phase: 
Active iron carbide phase (ε-Fe2C, έ-Fe2.2C and χ-Fe2.5C) can change to a more stable 
carbide phase (θ-Fe3C) or can be re-oxidized to form Fe3O4 according to the following equations 
                    𝐹𝑒2.2𝐶 (έ) → 𝐹𝑒2.5𝐶 (𝜒) → 𝐹𝑒3𝐶(θ)  rxn.9 
                                        𝐹𝑒𝑥𝐶𝑦 + 𝑦𝐻2𝑂 ↔ 𝑦𝐶
∗ + 𝑦𝐻2 + 𝐹𝑒𝑥𝑂𝑦         rxn.10 
                                      𝐹𝑒𝑥𝐶𝑦 + 𝑦𝐶𝑂2 ↔ 𝑦𝐶
∗ + 𝑦𝐶𝑂 + 𝐹𝑒𝑥𝑂𝑦          rxn.11  
2) Pore plugging and coke deposition:   
Two types of carbon that are formed on the iron surface: amorphous carbon (<280oC) 
via rxn.11, and graphite (>280oC) via rxn.12 and Boudouard reaction. Amorphous carbon reduces 
FTS activity by blocking the catalyst active phase. However, these carbon species can be removed 
by H2 treatment at temperature greater than 350
oC. The formation of graphite on catalyst surface 




𝐶∗ + y𝐶∗ → 𝐶∗𝑦+1 (𝑎𝑚𝑜𝑟𝑝ℎ𝑜𝑢𝑠 𝐶)    rxn.12 
𝐶∗ + y𝐶∗ → 𝐶∗𝑦+1 (𝑎𝑚𝑜𝑟𝑝ℎ𝑜𝑢𝑠 𝐶) → [−𝐶
∗𝑦+1−](𝑔𝑟𝑎𝑝ℎ𝑖𝑡𝑒 𝐶)    rxn.13 
 3)  Poisoning: 
 The strongly chemisorbed of impurity compounds present in the feed stream such as sulfur, 
carbonyl, ammonia, chlorine on the catalytic sites can lead to catalyst deactivation. The degree of 
poisoning depends on the poison’s concentration and the adsorption’s strength of the poison on the 
catalyst. 
4) Sintering: 
Sintering occurs because of the loss of catalyst surface area. Crystallite growth of the 
catalyst phase, support or pore collapse are the main reasons for the loss in catalyst surface area. 
2.6. Effects of Operating Conditions 
Operating conditions such as temperature, pressure, H2/CO ratio and the space velocity 
affect FTS activity and products selectivity. The effects of these operating conditions on CO 
conversion, CH4, C5+, paraffins and olefins selectivity are showed in Table 2.3. 
Table 2.3. Relationships between operating conditions and FTS activity/product selectivity [24, 
25, 29, 53, 54] 
              Increase in Temperature  Pressure H2/CO ratio Space velocity 
CO conversion     
CH4 selectivity     
C5+ selectivity     





(Table 2.3 continued) 
              Increase in Temperature  Pressure H2/CO ratio Space velocity 
Olefins     
= increase,    =decrease. 
2.7. Fischer Tropsch reactor 
Three common reactors for FTS are: fixed bed, slurry-phase, and fluidized bed reactors 
(Figure 2.6). Fixed bed and slurry phase reactors are usually used for Low Temperature FT (LTFT, 
operate at 190oC-260oC) processes while fluidized bed reactor is used for High Temperature FT 
(HTFT, operates at 300oC-350oC) processes [6]. Table 2.4 shows the comparison for three reactors 





Figure 2.6. Reactors for FTS: a) slurry bubble column reactor, b) multitubular trickle bed 




Table 2.4. FT reactor designs [2, 40] 
Operating conditions Fixed bed Slurry phase Fluidized bed 
Temperature 220-260oC 190-260oC 300-350oC 
Pressure 20-30 bar N/A 25 bar 
Catalyst  Fe Co Fe 
Products Heavy hydrocarbons Light olefin C1-C15 and α-olefins 
Activity maintenance Good Fair Fair-good 
Ease of regeneration Poor Very good Very good 
 
2.8. Synthesis Gas Production 
Synthetic gas (syngas) can be obtained from steam reforming of natural gas, catalytic partial 
oxidation of coal or biomass gasification. Among these processes, syngas produced from biomass 
has gained more attention in recent years since its raw material is relative inexpensive and has little 
environmental impact. For FTS, biomass-derived syngas usually follows thermochemical route 
which consists of the following procedures [55]: 
i) Drying: moisture is removed from feedstock. 
ii) Pyrolysis: volatile compounds are removed in form of light hydrocarbons. 
iii) Gasification process: biomass feedstock react with air, O2 or steam to form CO, H2, 
CO2, CH4, and H2O, etc. The composition of the product gases depend on type of 
feedstock, oxidation agent and gasifier conditions. The thermochemical conversion 
of biomass to syngas are showed below. 
2𝐶 + 𝑂2 ↔ 2𝐶𝑂                                 ∆𝐻 = +246.4𝑘𝐽/𝑚𝑜𝑙    
𝐶 + 𝑂2 ↔ 2𝐶𝑂2                              ∆𝐻 = +408.8𝑘𝐽/𝑚𝑜𝑙  




𝐶𝐻4 + 2𝐻2𝑂 ↔ 𝐶𝑂2 + 4𝐻2         ∆𝐻 = −165𝑘𝐽/𝑚𝑜𝑙 
𝐶 + 𝐶𝑂2 ↔ 2𝐶𝑂                            ∆𝐻 = −172𝑘𝐽/𝑚𝑜𝑙 
𝐶 + 𝐻2𝑂 ↔ 𝐶𝑂 + 𝐻2                    ∆𝐻 = −131𝑘𝐽/𝑚𝑜𝑙 
iv) Combustion: residual char matrix is burned to produce more gaseous products. The 
heat produced in this process is used in gasification process. 
v) Gaseous products are cleaned and ready for the production of liquid fuels via FTS. 
 Biomass-derived syngas contains less concentration H2 and higher concentration of CO2 
compared to syngas produced from natural gas or other methods. Biomass-derived syngas also 
contains high amount of N2 which will lower the partial pressure of H2 and CO. As a result, the 




Chapter 3 Summary 
3.1. Objective 
To study the effects of preparation methods (coprecipitation vs impregnation) on the 
structure and catalytic activity of iron-based catalyst via FTS of biomass-derived syngas.  
Syngas used in this work was derived from gasifying Southern Pine woodchips at the USDA 
Forest Service in Pineville, LA. 
3.2. Justifications 
 Why Fe/Cu/K/Zn? 
 Iron-based catalyst promotes WGS reaction [11]. 
 Cu and K promote the reduction and carburization of the catalyst [12]. 
 Zn prevents Fe clusters from sintering, high FTS activity in a CO2 rich environment 
[56]. 
 Why Coprecipitation vs. Impregnation? 
 Previous studies showed that the impregnated catalyst has higher C5+ selectivity 
(desire product for the present study) than the coprecipitated catalyst [25, 26, 29]. 
 Comparison between the two methods using biomass-derived syngas has not been 






Chapter 4 : Experimental 
 
4.1. Catalyst preparation 
Coprecipitation and incipient wetness impregnation methods were used to prepare the 
studied catalysts. For coprecipitated catalyst, desired amounts of Fe(NO3)3.9H2O (Aldrich 98%), 
Cu(NO3)3 .2.5H2O (Aldrich 98%) and Zn(NO3)2.6H2O (Aldrich) were mixed together in a 
continuous stir beaker. The resulting mixture was precipitated at constant temperature of 80±3oC 
and constant pH of 7-7.3 using ammonium carbonate ((NH4)2CO3, Aldrich 99.999%) solution. The 
final precipitate solution (pH=8-9) was cooled down to room temperature before it was filtrated and 
washed with ethanol. 200cc/gcat of ethanol was used to remove all trace amount of NH3. Ethanol 
has lower surface tension than water (22mN/m compared to 72mN/m) [57]; therefore, it is used to 
increase the catalyst surface area. Water, which has high surface tension, will caused pore mouth 
pinching when it is removed from the catalyst, thus result in the loss of pore volume and surface 
area [22].The filtrate was then dried at 115oC for 18 hours. To ensure that the assumption of no 
internal/external transportation limitation can be applied, the dried catalyst was sieved to obtain 
particle sizes less than 125 µm [58]. 
 Pore volume of catalyst was estimated by adding DI water until the catalyst surface was 
covered by a thin film of water. The catalyst was dried in air at room temperature for 48 hours to 
ensure that all the adsorbed water evaporated. Desired amount of potassium bicarbonate (KHCO3, 
Aldrich 99.7%) was dissolved in H2O and impregnated onto the catalyst. The amount of H2O used 
in this step corresponds to the estimated pore volume of the catalyst. After impregnation step, the 
catalyst was dried in air at room temperature for 24 hours followed by drying in the oven at 115oC 




 For impregnated catalyst, iron precursor was prepared by coprecipitated method followed 
the procedure described above. Zn(NO3)2.6H2O, Cu(NO3)3 .2.5H2O (Aldrich 98%) and KHCO3 
(Aldrich 99.7%) were subsequently impregnated onto the iron precursor. The precursor was dried 
at 115oC for 1 hour after each impregnation step. The final precursor was calcined at 500oC in 
50ml/min of flowing air for 6hrs. The final catalysts have the following atomic ratio 
100Fe/4Cu/4K/6Zn and are labeled as ‘Cat_C’ for coprecipitated catalyst and ‘Cat_I’ for 
impregnated catalyst. 
4.2. Catalyst characterization 
Brunauer–Emmett–Teller (BET) 
BET surface area was measured by physical adsorption of N2 molecules at -196
o C in AMI 
200HP. The catalysts were pretreated with He at 150o for 1 hour to remove all the moisture content 
in the catalysts. 
Inductively Coupled Plasma-Optical Emission Spectroscopy (ICP-OES) 
The bulk compositions of the freshly calcined catalysts were determined using ICP-OES 
analytical technique. The samples were first weighed to the nearest 0.0001 g in a teflon bottle. 
3 mL of 12M HCl was added to each bottle and allowed to sit loosely capped overnight.  Once the 
samples were completely digested, 18 ml DI water was added to the samples to bring the volume 
to 25 mL.  Analyses were determined on a Perkin Elmer ICP-optical emission spectrometer against 
a multi- point calibration curve that was matrix matched to the standards.  A check standard 
prepared from a different source was used to verify the calibration concentrations. 
X-Ray Powder Diffraction (XRD) 
X-ray Powder Diffraction analysis was carried out using Empyrean X-ray diffractometer 
(PANalytical) equipped with CuKα radiation (λ=1.5406Ao). The catalyst samples were scan from 




Scanning Electron Microscopy (SEM)/ Energy Dispersive X-Ray (EDX) 
Scanning Electron Microscopy (SEM) and Energy Dispersive X-Ray (EDX) were 
performed to study the morphology and elemental distribution of the catalyst samples. SEM and 
EDX were carried out using a JEOL 5910-LV and an EDAX Genesis with UTW window, 
respectively. The freshly calcined catalysts were coated with Au before performing SEM/ EDX 
experiments to avoid charging problems. 
Temperature Program Reduction/ Desorption/ Hydrogenation 
Temperature program experiments were done on Altamira (AMI 200 HP) instrument. 
  H2 and CO Temperature Programmed Reduction (TPR) 
0.03g (H2 TPR) or 0.05g (CO TPR) of catalyst was placed in the reactor tube and was held 
in place by 2 quartz wool plugs. The catalyst was first treated with 50ml/min of He at ramping rate 
of 5oC /min from room temperature to 150oC and held for 30mins. The catalyst was then cooled 
down to room temperature at the same ramping rate. After the catalyst pretreatment, the gas was 
switched to 10% H2/Ar (H2 TPR) or 5% CO/He (CO TPR) at the flow rate of 50ml/min, and the 
temperature was ramped to 950oC at 5oC/min. Thermal Conductivity Detector (TCD) was used to 
measure H2 TPR signal while AMETEC Mass Spectrometer (MS) was used to measure the amount 
of CO2 produced.  
 The amount of metal reduced in H2 TPR is calculated using silver oxide (Ag2O) as standard. 
Known amount of Ag2O was reduced in H2 at the same conditions of the studied catalysts. 
Assuming Ag2O is completely reduced, the amount of H2 uptake for a given amount of Ag2O can 
be determined based on stoichiometry of the reaction. Each H2 consumption value corresponds to 
a given area of the TPR curve. Thus, the amount of H2 consumed for each catalyst can be calculated 




  CO Temperature Programmed Desorption (CO TPD) 
0.15g of catalyst was loaded in the quartz tube reactor and was held in place by 2 quartz 
wool plugs. The catalyst was activated in syngas (H2/CO=0.7) at 280
oC for 10 hours. He was then 
flowed through the reactor bed at 280oC for 30 mins to remove all physisorbed species from the 
catalyst surface. The reactor was cooled down to room temperature using He flow before CO 
Temperature Program Desorption was carried out. 
 After the catalyst was reduced and carburized, 50ml/min of 5% CO/He was flowed over the 
reactor for 30 mins at 50oC. He was then passed through the reactor to reduce the reactor 
temperature to 35oC and to level off CO baseline. TPD was carried out by flowing 30ml/min of He 
over the catalyst, the bed temperature was raised to 950oC at the ramping rate of 5oC/min. AMETEC 
Mass Spectrometer (MS) was used to measure the amount of CO and CO2 leaving the reactor. 
  Temperature Programmed Hydrogenation (TPH) 
0.1g of catalyst was loaded in the quartz tube reactor and was held in place by 2 quartz wool 
plugs. The catalyst was pretreated with syngas (H2/CO=0.7) at 280
oC for 16 hours. He was then 
flowed through the reactor bed to cool the reactor to room temperature. TPH was carried out by 
flowing 15ml/min of pure H2 over the catalyst bed, the bed temperature was raised to 950
oC at the 
ramping rate of 5oC/min. AMETEC Mass Spectrometer (mass signal 15) was used to measure the 
amount of CH4 leaving the reactor [59]. 
 CO2 Temperature Programmed Desorption (CO2 TPD) 
0.2g of catalyst was loaded in the U-tube reactor and was hold in place by 2 quartz wool 
plugs. The catalyst was pretreated with 50ml/min of He at 200oC for 3 hours to remove all the 
adsorption species on the catalyst. CO2 adsorption was carried out in the next step. 50ml/min of 
CO2 was flowed through the catalyst bed at 100




with He for 30 min at 100oC to remove the weakly adsorbed CO2. The temperature was cooled 
down to room temperature before CO2 TPD experiment. CO2 TPD was performed by increasing the 
bed temperature to 350oC at 5oC/min. 
4.3. Catalytic performance test 
FTS was carried out in a PID MA 1000 Microactivity Reactor. The inside view of the reactor 
can be seen in Figure 4.1. 1g of catalyst was diluted with 5g of sand and loaded into the fixed bed 
reactor. The use of sand is to ensure the temperature is evenly distributed in the packed bed. The 
catalyst was activated with pure syngas (H2/CO=0.7) at 280
oC, 0.1MPa and 3600h-1 for 24 hours. 
After the activation step, biomass-derived syngas with H2/CO ratio of 0.77 was introduced to the 
reactor at the space velocity of 1500 h-1. The biomass-derived syngas was passed through a series 
of columns to remove NH3, HCl, and H2S before it entered the reactor. The reactor was slowly 
pressurized to 2.5MPa, and the reaction was run for 144 hours at 280oC.  
 Noncondensed and unreacted gases were collected at atmospheric pressure every 24 hours 
and analyzed in a Shimadzu GC-2014 gas chromatograph. Heavy hydrocarbons (C6+) were 
collected in a hot trap (145oC, collecting wax), and a cold trap (5oC, collecting liquid). The liquid 
products were analyzed using a Hewlett-Packard 5890 GC, and the wax was analyzed using a 










Chapter 5 : Results and Discussions 
 
5.1. Inductive Coupled Plasma-Optical Emission Spectroscopy (ICP-OES) 
Table 5.1 shows the bulk composition of the metals in the catalysts. The small differences 
in the catalysts’ elemental compositions are due to the different in preparation methods and are 
within experimental error. The weight compositions correspond to the atomic ratio of 
100Fe/4Cu/4K/6Zn. 
Table 5.1. ICP_OES results for coprecipitated and impregnated catalysts 
 Metal composition (wt%) 
Sample name Fe Cu K Zn 
Cat_I  56.7 2.43 1.59 3.87 
Cat_C 
 59.6 2.80 1.65 4.00 
Max error: 5% 
 
5.2. Brunauer–Emmett–Teller (BET) 
Table 5.2 shows the BET surface areas of the freshly calcined catalysts and their 
corresponding precursors. Different preparation methods affect the specific surface areas of the 
prepared catalysts. Both Cat_C and Cat_I have lower BET surface areas than their corresponding 
precursors’. This is due to the high crystallinity of the final catalysts. BET results show that Cat_C 
is less crystalline than Cat_I since Cat_C has higher BET surface area [18]. This can also be 
confirmed by XRD experiment.  
Table 5.2. BET surface area  
Catalyst 
Freshly calcined catalyst 
(m2/gcat) 
Cat_C (precursor) 311 
Cat_C 184 






5.3. X-ray Diffraction Powder (XRD) 
 X-ray powder diffraction patterns of the freshly calcined catalysts are showed in Figure 5.1. 
The XRD pattern of the freshly calcined Cat_C shows that the catalyst contains poorly crystalline 
cubic magnetite Fe3O4 and rhombohedral hematite α-Fe2O3. The XRD pattern of the freshly 
calcined Cat_I  shows that the catalyst is comprised of rhombohedral hematite (α-Fe2O3) and 
magnetite (Fe3O4) with the diffraction peaks values at 24.2
o, 33.3o, 35.6o, 40.9o, 49.4o, 54o, 57.3, 
62.5o and 64o. From these results, it can be proposed that different preparation methods change the 
crystallinity of the catalysts. While coprecipitation method provides a poorly crystalline catalyst, 
impregnation method provides a more crystalline catalyst. The XRD results are in agreement with 
the BET surface area results.  




XRD patterns of the used catalysts are shown in Figure 5.2. The crystal phases of the used 
catalysts consist of Fe3O4, ε-Fe2C, έ-Fe2.2C, χ-Fe2.5C, θ-Fe3C and C. However, it is difficult to 
identify the exact phase of iron carbide formed on the catalyst using XRD because their diffraction 
peaks overlap with each other and also with the Fe3O4 peaks [22, 60].  Therefore, FexC is used to 
represent the various phases of iron carbide in Figure 5.2. The XRD patterns of the used catalysts 
also contain crystal carbons formed by the Boudouard reaction.  
5.4. Scanning Electron Microscope (SEM)/ Energy Dispersive X-ray (EDX) 
SEM micrographs of the freshly calcined catalysts are showed in Figure 5.3 and Figure 5.5. 
The SEM images show that the morphological and textural properties of the calcined catalysts are 
affected by synthesis methods. Both catalysts are comprised of irregularly shape particles with 





different sizes, but Cat_C particles are more segregated than Cat_I particles. Zn acts as a biding 
agent for both catalysts and prevents iron particles from sintering [58, 61].  
EDX profiles of Cat_C and Cat_I (Figure 5.4 and Figure 5.6, respectively) show that all 
metal elements present on the catalyst surfaces. EDX mapping is used to analyze the Fe, Zn, Cu, K 
distribution on the surface of the samples and are showed in Figure 5.3 (b-e) and Figure 5.5 (b-e). 
























Figure 5.4. EDX profile of Cat_C 





















5.5. H2 Temperature Programmed Reduction (H2 TPR) 
Figure 5.7 shows the Temperature Program Reduction profiles of the studied catalysts. For 
Cat_C, the reduction profile shows two distinct peaks. The first peak at 200oC corresponds to the 
reduction of Fe2O3 to Fe3O4 and CuO to Cu. The second peak at 434
oC corresponds to the reduction 
of Fe3O4 to Fe
0. The presence of Cu in both catalysts facilitates the reduction of Fe2O3. Sharma et 
al. [21] showed that for Cu-free catalyst, Fe2O3 was reduced to Fe3O4 at 330
oC which is much higher 
compared to the results obtained from this study. When CuO is reduced to Cu at the temperature 
range of 100oC-220oC, Cu crystallites nucleate and provide active sites for H2 dissociative 
adsorption. As a result, the reactive hydrogen atoms can reduce Fe2O3 at lower temperature [22]. 




For Cat_I, the shoulder peak at 217oC is attributed to the reduction of CuO to Cu while the 
peak at 241oC is the reduction peak for Fe2O3 to Fe3O4. The second peak at 491
oC corresponds to 
the reduction of Fe3O4 to Fe
0. It can also be seen from the TPR profiles that Cat_C has a sharper 
first peak than that of Cat_I. This is because Cu is more dispersed on Cat_C than on Cat_I which 
leads to higher rate of reduction. The experimental and theoretical amount of H2 consumed are 
showed in Table 5.3. For Cat_C, the experimental value of H2 consumed is consistent with the 
theoretical value. Cat_I, however, has lower experimental H2 consumption value than the 
theoretical value. Based on H2 TPR results, it can be concluded that Cat_C is reduced more 
completely than Cat_I which is also in agreement with literature [26]. 




Table 5.3. Experimental and theoretical H2 uptake 
Catalyst Theoretical (mmol H2/gcat) Experimental (mmol H2/gcat) 
Cat_C 16.4 16.7±0.3  
Cat_I 15.6 13.3±0.6 
 
5.6. CO Temperature Programmed Reduction (CO TPR) 
CO TPR is used to study the carburization behavior of the catalysts. The carburization of 
iron oxide to iron carbide occur in 2 consecutive steps. Fe2O3 is first reduced to Fe3O4 in CO at 
the temperature of 150oC-280oC via 
3Fe2O3 + CO → 2Fe3O4 + CO2              reaction 4.1 
Fe3O4 is then carburized to form ε-Fe2C, έ-Fe2.2C, χ-Fe2.5C and CO2 in the 280
 oC-450oC 
temperature range via 
    FexO + 2CO → FexC + CO2                    reaction 4.2 
Above 450oC, FexC is transformed into a more stable carbide phase θ-Fe3C. The formation of 
amorphous carbon also occurs at the temperature above 450oC via the Boudouard reaction [22]. 
    2CO → C + CO2       reaction 4.3 
The CO TPR profiles (Figure 5.8) show that Fe2O3 is reduced to Fe3O4 at 180
oC for both 
catalysts. However, Cat_C has higher extent of the reduction of Fe2O3 to Fe3O4 than Cat_I. For 
Cat_C, the second peak at 300oC is attributed to the reduction of Fe3O4 to ε-Fe2C, έ-Fe2.2C, χ-Fe2.5C. 
The third peak at 460oC corresponds to the transformation of iron carbides to a more stable phase 
θ-Fe3C. The CO TPR profile of Cat_C also shows a shoulder peak at 520
oC which is ascribed to 
carbon disproportionation via the Boudouard reaction. For Cat_I, the shoulder peak at 280oC is 
probably due to the reduction of the less reducible Fe2O3 to Fe3O4. Above 300




profile of Cat_I shows a multi-peaks overlapped curve with the maximum peak at 375oC. This peak 
temperature is higher than the reduction peak of Fe3O4 to active iron carbides of Cat_C. The total 
amount of CO2 produced during CO reduction for each catalyst is showed in Table 5.4. The results 
show that Cat_C produced more CO2 than Cat_I. Therefore, Cat_C has slightly higher carburization 
activity than Cat_I. 
Table 5.4. Total amount of CO2 evolved during CO TPR 
 
Catalyst CO2 evolves (μmol/gcat) 
Cat_C 155 
Cat_I 134 




5.7. CO Temperature Programmed Desorption (CO TPD) 
CO TPD is used to investigate the effects of preparation methods on CO adsorption. As 
showed in Figure 5.9, the desorption peaks for both catalysts are in the temperature range of 300oC-
750oC.  For Cat_C, the CO TPD pattern shows a broad peak at 365oC and more intense peaks at 
540 and 615oC. For Cat_I, the CO TPD pattern shows five peaks ranging from 360oC-750oC with 
peaks at 360, 475, 530, 660, 745oC. Previous studies on the adsorption and desorption behaviors of 
CO on clean Fe (100) surfaces show that there are four types of CO desorption peaks; the first three 




peaks at -23, 67 and 157oC are from the adsorption of three different states of molecular CO while 
the fourth peak at 527oC is ascribed to the dissociative adsorption of CO [62-64]. The desorption 
peaks for both catalysts in this study are far from those of CO molecular adsorption and are close 
to those of dissociate CO adsorption (540oC for Cat_C, 475oC and 530oC for Cat_I). Cao et al. [65] 
studied the adsorption behavior of CO on Fe5C2 surfaces and suggested that the required 
temperature for the CO to desorb from the  Fe5C2 surfaces is at about 500
oC. This temperature is 
very close to the CO desorption temperature for both catalysts in this study. The higher desorption 
temperature peaks at 615oC for Cat_C, 660oC and 745oC for Cat_I are probably attributed to the 
strongly adsorbed CO on Fe5C2 surfaces. Based on the area under the TPD curves for both catalysts, 
the amount of CO desorbed (Table 5.5) from Cat_C is higher than that of Cat_I. This is in agreement 
with CO TPR results that Cat_C has higher extent of carburization, thus has higher amount of CO 
desorption than Cat_I. 
Table 5.5. Amount of CO desorbed from the studied catalyst 






5.8. CO2 Temperature Programmed Desorption (CO2 TPD) 
CO2 TPD is used to determine the surface basicity of the studied catalysts [49, 66]. The CO2 
TPD profiles, Figure 5.10, show that both catalysts have two groups of desorption peak. The one at 
lower temperature (135oC for Cat_C and 110oC for Cat_ I) corresponding to weak CO2 adsorption 
while the other at higher temperature (264oC for Cat_C and 156oC for Cat_ I) are ascribed to strong 
CO2 adsorption. The desorbed peak temperatures and intensities of Cat_C are higher than those of 
Cat_I. Therefore, that Cat_C has higher surface basicity than Cat_I. This is probably because Cat_C 
has higher surface coverage of potassium than Cat_I.  The high surface basicity of the catalyst will 
enhance CO and CO2 adsorption. The strong adsorption of CO2 on the catalyst will result in higher 
olefin selectivity because the re-adsorption of olefins is retarded by the presence of strongly 
adsorbed CO2 [19]. 




5.9. Temperature Programmed Hydrogenation (TPH) 
Temperature Programmed Hydrogenation (TPH) is used to identify different types of 
surface and bulk carbonaceous species on carbided iron catalyst. These carbon species are: i) 
adsorbed, atomic carbon; ii) amorphous, lightly polymerized hydrocarbon or carbon surface 
species; iii) bulk carbide (έ-Fe2.2C and χ-Fe2.5C); and iv) disordered and moderately ordered 
graphitic surface carbon [59]. Each of these carbon species has different reactivity and peak 
temperature when reacts with H2 to form CH4. The amount of various carbonaceous species formed 
on the catalyst can be qualitative and quantitative calculated using a method suggested by Eliason 
and Bartholomew [67]. In this method, the overlapping TPH spectra are fitted with Gaussian curves 
to yield up to 7 peaks that are listed in Table 5.6. 
Table 5.6. Reactivities of Carbon Species and their corresponding peak temperature range when 
reacts with H2. The carbon species are listed in order of decreasing reactivity [59] 
Structural type Designation Peak temperature (o C)when 
reacts with H2 
1.Adsorbed, atomic carbon surface carbon α 270-390 
2. Polymeric, amorphous aggregates 
    i. polymethylene 







    i. έ-Fe2.2C 







4.Graphitic (crystalline) films 
    i. semi-order sheets 







In this study, the TPH spectra are analyzed using the same deconvolution method. The TPH 
curves of Cat_C and Cat_I and their corresponding deconvoluted spectra are showed in Figure 5.11. 
Peak temperatures, amount of carbon formed equivalent of peak area, and the percentage 
compositions of carbon species are tabulated in Table 5.7. It can be seen from Table 5.7B that 




higher initial FTS activity for Cat_C [59, 67]. β carbon with moderate reactivity increase in the 
order of Cat_I<Cat_C. Even though έ-Fe2.2C (γ1) can partially be converted to χ-Fe2.5C (γ2) over 
time, the total amount of carbides (γ1+γ2) is higher for Cat_C than Cat_I. This is in agreement with 
previous results that Cat_C has higher extent of carburization. Cat_C also contains more active 
carbide (γ2, Fe2.5C) than Cat_I which suggests that Cat_C will have better FTS activity than Cat_I.  
Table 5.7. Peak temperature, carbon content and percentage compositions of carbon species of 
TPH profiles 
A. TPH peak temperature (oC) 
Catalyst Carbidic Amorphous Carbide Graphitic 
α β γ1 γ2 δ1 δ2 
Cat_C 362 475 563 634 696 742 
Cat_I 366 450 501 586 666 726 
B. Carbon content (μgm/gcat) 
Catalyst Carbidic Amorphous Carbide Graphitic 
α β γ1 γ2 δ1 δ2 
Cat_C 5.10 28.5 6.17 40.8 10.6 11.9 
Cat_I 3.88 6.72 21.9 17.8 11.9 5.3 
C. Percentage Compositions of Carbon Species (%) 
Catalyst Carbidic Amorphous Carbide Graphitic 
α β γ1 γ2 δ1 δ2 
Cat_C 4.95 27.7 6.00 39.6 10.3 11.5 




Furthermore, during pretreatment and reaction run, α-carbon can condense to δ-carbon (graphitic 
carbon) which has the lowest reactivity. The amount of δ-carbon content is also higher in Cat_C 














5.10. Fischer Tropsch Synthesis 
FTS activities of the prepared catalysts were measured in a fixed bed reactor at T=280oC, 
P=2.5MPa, biomass syngas with H2/CO=0.77 and GHSV=1500h
-1
. Since CO2 also participates in 
the FTS process via reverse WGS reaction, or direct hydrogenation or reaction with H2 to form 
methanol, it must be included in the total carbon conversion calculation. In this study, CH4 in the 
feed stream is considered inert. The carbon conversions of Cat_C and Cat_I versus time on stream 
are presented in Figure 5.12 while the activity and product selectivity of the catalysts are showed 
in Table 5.8. The total carbon (CO+CO2) conversion is calculated using equation 3 
 
% C conversion =
n(CO+CO2)in−n(CO+CO2)out
n(CO+CO2)in
∗ 100%   Equation 3 
where n(CO+CO2)in is moles of (CO+CO2) at the inlet, n(CO+CO2)out is moles of (CO+CO2) at the outlet. 
 
   






Figure 5.12 shows that Cat_I has lower carbon conversion than Cat_C. These results are in 
agreement with TPH results. TPH profiles of the carbided catalysts show that Cat_I has less atomic 
carbon and iron carbide formations than Cat_C which results in lower initial and overall carbon 
conversion.  
Table 5.8 shows that Cat_I has higher selectivity toward lower molecular weight 
hydrocarbons (CH4 and C2-C4) than Cat_C. This can be explained that lower surface basicity 
suppresses CO adsorption and enhances H2 adsorption, thus it will favor the production of light 
hydrocarbons [68]. The lower surface basicity also leads to higher hydrogenation activity. As a 
result, Cat_I has lower olefins to n-paraffins ratio than Cat_C. T also shows that Cat_C has higher 
(C5+) selectivity than Cat_I. This result is in agreement with CO TPR and CO TPD results which 
show that Cat_C has higher extent of carburization than Cat_I. Cat_C also has higher chain growth 
probability (α, C10-C18) value than Cat_I.  
Beside liquid fuels and wax, oxygenates also present in the product stream and consist 
mainly of alcohols. The selectivity of oxygenates in total product is showed in Table 5.8. The result 
shows that Cat_C has higher oxygenate selectivity (8.40%) than Cat_I (4.48%). This is because 
Cat_C has strong interaction between Cu and Fe which provides more active sites for alcohol 
synthesis reaction [23, 69, 70]. 
Iron-based catalyst is easily oxidized by H2O produced in FTS. The presence of CO2, a weak 
oxidizing reagent, in the feed stream will increase the oxidizing possibility of iron-based catalyst. 
Therefore, higher stability of iron catalyst is required for FTS of syngas containing CO2. Literature 
has showed that catalyst with Zn, Cu, K as promoters provide high FTS activity and is more resistant 
to CO2 oxidization [21, 23]. Previous studies also showed that an impregnated catalyst has higher 




Table 5.8. The activity and selectivity of the catalysts 
 Cat_C Cat_I 
CO+CO2 Conversion (%) 18.2 14.4 
HC distribution (C %)   
CH4 8.81 12.7 
C2-C4 23.5 27.3 
C5-C11 15.6 13.8 
C12-C18 6.26 2.13 
Wax 37.9 39.7 
Oxygenates 8.40 4.48 
    
Olefins/n-Paraffins   
C5
=-C11
=/n-C5-C11 3.69 3.30 
C12
=-C18
=/n-C12-C18 3.50 2.44 
   
ASF (α1)
* 0.78 0.75 
   Reaction condition: 280oC, 2.5 MPa, GHSV=1500 h-1 
   * Calculated using C10-C18 products 
 
characterization and activity results obtained from this study showed that a coprecipitated catalyst 
was carburized more completely and had higher C5+ selectivity than an impregnated catalyst. The 
results here differ from those reported in literature due to the difference in the preparation steps for 
the impregnated catalyst.  Sarkari, et al. [25, 26] prepared the impregnated catalyst by impregnating 
iron and promoter salts onto Al2O3 support. Arsalanfar, et al.[26] also prepared the catalyst using 
the same procedure. In the present study, iron precursor was first made by coprecipitation method; 
Zn, Cu, K salts were then impregnated onto the iron precursor. Moreover, the results reported in 
Sarkari and Arsalanfar’s works are for CO2-free syngas with H2/CO=2 while the results reported 
here are for syngas with 11% CO2. CO2 in biomass-derived syngas decreases the partial pressure 
of H2 and CO [19] , deactivates the catalysts by oxidizing their active phases [20]. As a result, the 





Chapter 6 : Conclusions and Future Work 
6.1. Conclusions 
The results obtained from this study show that coprecipitation and impregnation methods 
provide catalysts that have different characteristics. Compared to the impregnated catalyst, the 
coprecipitated catalyst has: 
 Smaller cluster particles (BET and XRD) 
 Higher extent of reduction (H2 TPR) and carburization (CO TPR) 
 Higher amount of CO adsorbed on the catalyst (CO TPD) 
 Higher surface basicity (CO2 TPD) 
 More Hagg carbide (χ-Fe2.5C) formation (TPH).  
The differences in the catalysts’ characteristics resulted in slightly higher carbon conversion (18.2 
versus 14.4%), C5+ selectivity (60 versus 56%), and lower CH4 selectivity (8.8 versus 13%) for the 
coprecipitated catalyst. 
6.2. Future work 
To further investigate the effects of the preparation methods on FTS of biomass-derived 
syngas, other preparation methods such as sol-gel and nanoparticle synthesis methods should be 
considered. Sol-gel method has been used to prepare iron catalysts and compared to impregnation 
and coprecipitation methods. Sarkari et al [25], showed that a sol-gel catalyst suppresses the 
formation of methane better than a coprecipitated or an impregnated catalyst. Sol-gel catalyst also 
enhances the formation of light olefins. Nano-sized iron catalyst has recently gained attention from 
researchers because it provides high FTS activity, C5+ selectivity. Park et al [71] synthesized iron 
nanoparticles on Al2O3 support catalysts and studied their FTS activity. He showed that a nano-




conventional methods. These studies were conducted using pure syngas with H2/CO = 2; hence, it 
would be beneficial to investigate these preparation methods using biomass-derived syngas which 
has low H2/CO ratio and high concentration of CO2. 
 Besides Zn, other structural promoters should also be investigated. Sharma et al. [21], 
suggested that a catalyst promoted with Al shows good FTS activity in  a CO2 rich environment. 
Therefore, one can investigate the bimetallic effect of Zn and Al as structural promoters on an iron-
based catalyst. Besides the common structural promoters and supports for iron-based catalysts, 
other scientists are also looking into carbon nanotubes (CNTs) and graphene as supports. Compared 
to CNTs, a graphene supported nanoparticle catalyst has lower methane and CO2 formation, better 
FTS activity and is more stable due to better dispersion of iron particles on the support [72]. Thus, 
graphene supported nanoparticle iron-based catalyst might provide promising activity for biomass-
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